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Abstract

Energy transport in a Pd-based membrane reactor (MR) was analysed for an annular and a tubular configuration with a
one-dimensional mathematical model. This model takes into account also the energy transfer associated to the hydrogen
permeation through a Pd-based membrane. The heat required by the reaction that takes place in a tubular MR is distributed
in a larger reactor length when compared to the annular MR; therefore, the heat fluxes from the oven to the reaction side
is lower in a tubular MR. Outlet MR conversion is an increasing function of the temperature, sweep factor and overall heat
transfer coefficient. An annular MR at 600°C reaches the maximum conversion at a reactor length lower than 1 cm. A much
higher reactor length of a tubular MR is necessary to achieve the same conversion. An annular MR presents a better thermal
performance and a higher conversion at a reactor length characteristic of a lab scale MR, and also its reaction path is nearer
to the optimal behaviour. © 2001 Elsevier Science B.V. All rights reserved.
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1. Introduction

The energy transport in any reactor has a significant
effect on the temperature and as a consequence on the
thermodynamics and kinetics. Energy requirement
absorbed or realised during a reaction generates radial
and axial temperature profiles inside the reactor. Tem-
perature control allows carrying out the reaction in the
desired conditions. The realisation of this task is not

Abbreviations: MR, membrane reactor; MR, membrane reactor
path; TR, traditional reactor; 7R, traditional reactor path; SCCM,
cm? (TPS)/min
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easy to realise also in a traditional reactor (TR) and its
importance and complexity is higher in a membrane
reactor (MR) where other profiles are present in the
membrane and in the permeation stream, due to the
presence of the membrane. Interaction studies among
reaction enthalpy, kinetics and heat exchange with
the oven and between the reaction and permeation
streams are interesting.

A simple form of an MR consists of two concentric
tubes, where the inner tube is the membrane and the
outer one is the stainless steel shell. The catalyst can
be packed in the annular space or in the core of the
tube. When the catalyst is packed in the annulus the
reactor will named annular MR; in the other case, the
reactor will be indicated as tubular MR. The effect
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Nomenclature

A membrane or heat exchange
surface (cm?)

Cp thermal molar capacity (kJ/mol °C)

Ep activation energy of hydrogen
permeability (kJ/mol)

h heat transfer film coefficient (W/m? K)

H specific enthalpy (kJ/mol)

AH heat of reaction (kJ/mol)

1 sweep factor: ratio between flow rate

of sweep gas and reference
component (—)

permeation flux (mmol/cm? s)
thermal conductivity (W/m K)
feed molar ratio HyO/CHy (-)
flux (mmol/cm? s)

NReaction number of reactions

Nspecies number of species

Z 3 <

P pressure (Pa)
(0] flow rate (SCCM)
Qo pre-exponential factor of Sivert’s

permeability coefficient (mmol/
(cm MPa®? min))
reaction rate (mrnol/cm3 s)

r

R ideal gas constant

S cross-section area (cm?)

T temperature (°C)

U overall heat transfer coefficient between
the oven and the reaction volume
(W/m2K)

Uy overall heat transfer coefficient between
oven and annulus (W/m? K)

Uy overall heat transfer coefficient
between annulus and tube volume
(W/m?K)

\% volume (cm?)

X conversion degree (—)

Greek letters

) thickness (mm)

e porosity (-)

Vi j stoichiometric coefficient (-)

) energetic term associated to
hydrogen permeation (W/cm?)

v energy generation term by chemical

reaction (W/cm?3)

Subscript

i ith species

1 a specific value of sweep factor /
j Jjth reaction

Superscript

S support

SS stainless steel

of the energy transport on the yields for annular and
tubular MRs is very different.

A simple analysis of the behaviour of the two
reactors can be performed with a relative simple one-
dimensional mathematical model considering plug
flow and then no radial and axial diffusion. Although
this model takes into account only the axial profile, it
allows to have an useful instrument to start with. This
is the initial step to develop more complete models
that take into account also axial and radial diffusion.

Energy transport between the energy source — the
oven — and the reaction depends on the used MR
configuration (annular or tubular). The heat transfer
resistance for an annular MR is characteristic of the
gaseous film near the stainless steel shell; the value
of the overall heat transfer coefficient is of the order
of 200 W/m? K [1]. Heat transfer resistance is located
in the membrane or in its support for the tubular
configuration when the catalyst is packed in the core
of the tube. Thermal conductivity of the alumina and
of the gases inside the porous is responsible of the
global resistance for heat transfer in a Pd—Ag/Al;O3
supported membrane. In this case, the overall heat
transfer coefficient is two order less than the previous
(~2W/m?K) [1].

An annular MR is characterised by a higher heat
flux, which makes a reactor behaviour close to isother-
mal path. A higher quantity of heat can reach the
reaction volume when the reaction is endothermic; on
the contrary, a higher amount of heat can be removed
when an exothermic reaction takes place in the MR.
A tubular MR is characterised by lower heat fluxes;
therefore, its behaviour tends towards to that of an adi-
abatic MR. Also, the control of the reaction condition
is easier for an annular MR. Isothermal path is the op-
timal behaviour [2] for an endothermic reaction, like
methane steam reforming (MSR), for example. The
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optimal behaviour for an exothermic reaction is the
path that follows the maximum of the reaction rate.
An annular MR is the better reactor for both reaction
types. In fact, in the first case a higher heat flux allows
higher values of the reaction temperature, whereas in
the second case there is a higher possibility to remove
the generated heat. Therefore, the process can be car-
ried out in the better conditions for both reaction types.

Annular and tubular MRs reach the same equi-
librium conditions characterised also by the same
conversion, if the reactor length is sufficient long;
however, an annular MR reaches equilibrium condi-
tions at much lower reactor length. In a tubular MR
the lower temperature has also a significant influence
on the catalytic processes; so, also the kinetics is
reduced.

MSR is the considered reaction in the present work
due to its significant importance for the chemical
industry [3].

MSR over Ni-based catalyst [4,17] involves five
species in three reversible reactions:

A Haog = 206 kI mol ™!
(1)

CH4 + H,O = CO + 3Hj3,

AHyg = —41kJ mol™!
2

CO 4+ H20 = COz + Hy,

CH4 + 2H,0=CO, + 4H,, AHyyg = 165kJ mol™!
(3)

High temperature and low pressure thermodynami-
cally favour the reforming reaction (1). The second
reaction does not depend on pressure and is favoured
by low temperature. Heat developed by reaction (2) is
not sufficient for the whole process thermal needs, as
can been seen from the overall reaction (3).

This reaction is highly endothermic and charac-
terised by fast kinetics; therefore, it required a high
heat flux. The MR is more or less able to transfer the
heat required by reaction depending on the configura-
tion of the MR itself. In addition, overall heat required
by a reaction in an MR is higher than that in a TR
due to the conversion increase by the selective product
removal.

MSR reaction is widely studied in MRs in order
to demonstrate the advantages of these last where the

conversion can be increased by continuous product
removal, thus overcoming the limitation of thermo-
dynamic equilibrium. Shu et al. [5] obtained, in an
isothermal MR, a conversion higher than that of the
equilibrium for a TR. Jorgensen et al. [6] analysed the
influence of the hydrogen removal on the carbon depo-
sition over the catalyst. Kikuchi et al. [7] studied MSR
reaction in an MR using two different dense mem-
branes obtained with electroless-plating and chemical
vapour deposition techniques. An analysis of thermal
effects on MSR reaction was presented by Madia
et al. [1].

Several modelling works of MRs appeared recently
in the literature. Itoh et al. [8,18] simulated the
methylcyclohexane and 1-butene [9] dehydrogenation
in a Pd MR for both parallel-flow and counter-current
flow reactor configurations. Argawalla and Lund [10]
performed an analysis for a consecutive reaction
scheme in a concentric-tube catalytic MR. Becker
et al. [11] formulated a two-dimensional mathematical
model for catalytic dehydrogenation of ethylbenzene
in a parallel-flow MR. Hara et al. [12] studied the
effect of hydrogen removal on methanol decompo-
sition. MSR was modelled by Oklany et al. [13,19],
assuming parallel-flow in a Pd MR. A comparison
[13,19] between dense and microporous MRs shows
that a Pd MR gives better performance in the MSR. A
computer code to simulate the isothermal behaviour
of a Pd MR with retentate and permeation streams in
parallel or counter-current flows was developed by
Barbieri and Di Maio [14]. An analysis of MSR reac-
tion in conversion—temperature diagram was proposed
[15] in order to individuate the theoretical limits for
a Pd MR.

2. System description

The MR considered was made by two concentric
tubes: the outer tube was the shell, the inner one was
the supported membrane. The catalyst can be packed
in two different configurations (Table 1). The Pd-Ag
membrane, having 7.5 pm thickness, is supported on
the external surface of an Al,O3 porous tube (Johnson
Matthey®). Inner diameter of the support is 21 mm
and the outer diameter is 25 mm. Inner diameter of the
shell was chosen equal to 32.6 mm in order to have
the same cross section and volume for the annulus
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Table 1
Membrane reactor configurations
Annular MR: catalyst packed in the annulus
Porous
Support
bt Retentate—
atalys
Pd-A
——Sweep Membrgne S§S-Shell Permeate—
Feed
Tubular MR: catalyst packed in the core of the tube
Porous Catalyst
Permeate—
S$S-Shell Retentate—
and the tube. Thus, it is possible to compare directly Table 2
the results obtained for the two configurations. The Gepmetrlc parameters for the MRs and TR utilised in the simu-
amount of packed catalyst, Ni (30 wt.%) supported on lations
alumina, is 0.5 g per 1 cm of reactor length. Value for  Value for  Unit
The two configurations have very different be- — the MR the TR -
. . . embrane _
haviour, in particular for the heat exchange. The A reactor length - 7.9 em’/em
11 heat transfer coefficient U; between the oven A e reactor length 10.2 10.2 em' /em
overa 1 . w X AT /reactor length 7.9 7.9 cm?/cm
and the annulus depends on the resistance in the film gAnnulus 345 345 om?
near the stainless steel shell. The major resistance for gTube 3.45 - cm?
the heat exchange between the annulus and the tube sPi—Ae 7.5 - pm

side is the conductivity through the ceramic porous
material of the tube itself. Madia et al. reported a
value of 227W/m?K for U; and of 2.4 W/m?K,
two orders lower for U,. The heat transfer coeffi-
cient U between the oven and the reaction volume
is equal to U; for the annular MR and is equal to
U = ((1/Uy) + (1/U>))~" = U, for the tubular MR.
Therefore, when the reaction is located in the annulus,
the heat flux exchanged is high and the temperature
reaction increases quickly, reaching that of the oven.
On the contrary, in the tubular MR the heat transfer re-
sistance is high and the temperature reaction remains
lower than the oven temperature. As a consequence
also the conversion has the same behaviour.

Table 2 reports the geometric parameters used for
the simulation of temperature and species profiles. In
the simulation, the value of ASP!! for the TR was cho-
sen equal to ASPe!l for the MR in order to have the
same surface for the heat transfer between oven and
reaction stream.

3. Mathematical model

A mathematical model was written to describe the
stationary state of a non-isothermal MR. It considers
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the following hypothesis: (a) plug flow and isobaric
conditions on reaction and permeation sides; (b) ideal
gas behaviour; (c) ideal membrane behaviour and in
particular, infinite hydrogen selectivity. Mass balance
equations (Egs. (4)—(6)) take into account the reaction
and permeation through the Pd membrane:

1. Reaction side:

NReaction

Z Vi,jlrj —

2. Permeation side:

AMembrane P
ermeate
4)

VReactlon i

d N‘ AMembrane
L Permeate ( 5)

dz V Permeation " i

3. Permeation flux through the Pd-based membrane:

Permeate
J} =
0,

The value of rj, Qo, E, are reported by Madia
et al. [1].

The kinetics was described by assuming the Xu and
Froment [4,17] equations.

Energy balance equations for both annular and tubu-
lar space are given below (Egs. (7)-(10)):

1. Annulus side:

The annulus exchanges heat with the oven and tube
side, whereas the stream in the core of the tube ex-
changes heat only with the annular volume. The heat
generated by the reaction ¥ is different from zero in
Eq. (7) or (8), depending on the used configuration.
The overall enthalpy of the reaction stream decreases
for hydrogen permeation, whilst the enthalpy stream
on the permeation side increases. These variations are
taken into account, on both sides, by the changes of
hydrogen flow rate. The reaction temperature does not
have any variation due to hydrogen removal: hydro-
gen leaves the reaction stream at the reaction temper-
ature. The system behaves as a splitting point for the
reaction stream: the intensive variables cannot have
any variations, while the extensive variables (like flow
rate, stream enthalpy, etc.) undergo some changes.

—E,/RT
QOope p/ \/ pReaction _ \/ pPermeation i=H
sPd—Ag Hy Hy o PER (6)

i #Hp

On the contrary, extensive and intensive variables
change on the permeation side. In particular, the per-
meation temperature undergoes a variation due to the
mixing with the permeated hydrogen, which has a
different temperature. The energetic term @ associ-
ated to the hydrogen permeate is different from zero
in Eq. (7) or (8), depending of the used configuration.

NSpcucs Al 1 Shell Membr:
dT nnulus UlA ¢ Oven Annulus U2A embrane Annulus Tube
Z NiCp, " yAnnulus T -T )= V Annulus @ -7 )
i=1
Membrane
+¥+ \/ Annulus (7)
2. Tube side:
Nspecies Tub Memb: Memb
d 7 Tube U2 AMembrane Annulus Tube embrane
> My S = R e ey @R °

i=1

3. Heat generated by chemical reaction (¥):

NReact .
v — ijl“c“"“ rj(—AH;) onreaction side
on permeation side

4. Enthalpy flux associated to hydrogen permeation
(P):

0
D = Reaction Permeation
Permeate (7, T T
Jhermeate (p 17 T )

A scheme of the overall heat transfer coefficient
is reported in Fig. 1. The enthalpy associated to the
hydrogen permeation flux Jy, is also reported in the
same figure. TR simulations were performed with
the same computer code setting at zero both the

on reaction side

(10)

on permeation side
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Fig. 1. Scheme of the overall heat transfer coefficients in an MR and the energy flux associated to the hydrogen permeation through

Pd-Ag-based membrane.

permeating term and the overall heat transfer coeffi-
cient between the reaction and permeation side.

Thermodynamic properties used in the simulation
were reported by Kee et al. [16] in the “Chemkin
thermodynamic database’.

4. Results and discussion

Equilibrium conversion of an MR [15] is an in-
creasing function of the sweep factor / defined as
the ratio between sweep gas and reference reactant
flow rates. Equilibrium curve and isothermal and adia-
batic reaction paths individuate a closed region, in the
conversion—temperature plane: the existence region.
This region includes all reaction paths starting from
the same initial condition (e.g. temperature, feed molar
ratio, sweep factor, etc.). Different reaction paths are
followed when flow rates, membrane thickness, over-

all heat transfer coefficient are changed but in any case
all these paths fell inside this closed region of an MR.

Therefore, the existence region defines, on one
hand, the thermodynamic and, on the other side, the
operative limits in which any MR operates when the
initial conditions are fixed.

The MR existence region is an increasing function
of the sweep factor as shown in Fig. 2, where the
MR equilibrium conversion and the reactor one are
reported as function of the temperature. The ratio be-
tween MR existence region for / = 10 (AB1oCjo) and
the TR existence region (ABoCp) is about 3, and for
I = 100 this ratio is equal to about 7.

Reaction paths for an annular and a tubular MR
with I = 10 and 100 are also reported on the same
figure. All reaction paths fall into the relative exis-
tence region; therefore, the reaction paths for an MR
with a sweep factor equal to 10 fall into the existence
region (AB10C1g). The rate determining step between
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Fig. iMeLhane conversion versus temperature. Existence region of a TR (ABoCp) delimited by BoCp (equilibrium locus for I = 0)
and ACy, ABy (isothermal and adiabatic behaviour, respectively). Existence regions of an MR (AB;C;) delimited by B;C; (equilibrium

locus for 7 = 10 and 100) and AC;, AB; (isothermal and adiabatic reaction path, respectively). MR’,\“"“]‘“, MRyub“]ar reaction paths of a
non-isothermal annular and tubular MR, respectively. PResction — pPermeation — 100 kPa, QF5e¢ = 200 SCCM, m = 3.

the heat transfer and the reaction plus permeation is
identified following a reaction path. The temperature
difference between the reaction stream and the oven
can be evaluated on the horizontal line. A high value
of this temperature difference is an index of a lower
heat flux due to a low value of the overall heat trans-
fer coefficient. The distance from the equilibrium line
(curves I = 0, 10 and 100) is the driving force for
the reaction and permeation. The reaction rate and the
permeation driving force are higher when the distance
from the equilibrium is high. In fact, when a reaction
path is near to the equilibrium curve, like in the last
part of the curve MRITSB’“I“, the reaction and perme-
ation are very slow. Therefore, the isothermal path is
the better or optimal reaction path [2] because there
is no heat exchange limitation: reaction rate and per-
meation driving force are the highest possible at the
oven temperature.

All reaction paths follow in the first part the
behaviour of the adiabatic reactor and the point where
they leave this path depends on the configuration and

sweep factor. Thus, an annular MR leaves the adi-
abatic path at higher temperature with respect to a
tubular MR. There is a temperature minimum, for all
MRs, where the heat supplied by the oven is equal to
the heat requirement of the reaction.

As can be noted, the annular MR path is closer to
the optimal (isothermal) behaviour, whereas a tubular
MR path is closer to the equilibrium curve confirming
that the rate determining step for the last reactor is the
heat transfer.

Fig. 3! reports the temperature profiles for an an-
nular and a tubular MR (I = 10) and a TR. The min-
imum temperature in the annular MR (about 405°C)
is 60°C higher than the minimum temperature of the
tubular MR (about 345°C). Temperature profile for a

! Log scale was used to expand the first part of the MR where
the major changes happen. Conversion, product partial pressures
and energy required by reaction are equal to zero at z = 0,
whilst reaction and permeation temperatures are equal to oven
temperature.
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Fig. 3. Temperature profiles versus reactor length for TR and annular, tubular and adiabatic MRs. Initial conditions:
pReaction _ pPermeation — 100 kPa, 1 = 10, m = 3 and Qg§5¢ = 200 SCCM.

TR has a minimum a few degrees higher than that of
an annular MR. Heat flux in the annular MR is higher
due to a lower resistance and, as a consequence, the
equilibrium is reached in a short reactor length. A
20cm value for the reactor length was marked on
following figures to indicate a characteristic length of
a lab scale reactor. The tubular MR reaches the equi-
librium at a reactor length much higher of 20 cm. In
particular, the reaction temperature at 20 cm reactor
length is about 375°C, much lower than the oven tem-
perature. Therefore, higher reaction volume, amount
of catalyst, etc. are necessary for a tubular MR to
obtain the same performance of an annular MR.

The permeation temperature of the tubular MR has
a minimum lower a few Celsius degrees than the oven
temperature because the heat exchange with the oven
is high. The permeation temperature of the annular
MR has a minimum of about 10°C achieving the oven
temperature at long reactor length. However, the reac-
tion temperature is quite equal to the oven tempera-
ture and also the conversion has reached its maximum
value, as shown in Fig. 4. An annular MR presents a
much higher conversion when compared to a TR at

the same reactor length. In addition, conversion level
achieved by an annular MR is twice that of a TR.
Conversion profile of the tubular MR follows the adi-
abatic conversion (that reaches the Big level) and is
near to this level at 20 cm of reactor length. It reaches
the equilibrium conversion (level Cyg) only at a few
hundreds of centimetres of reactor length.

On the reaction side of an annular MR hydrogen
partial pressure increases with the reactor length until
a maximum corresponding to the maximum hydrogen
permeation flux (Fig. 5). Hydrogen partial pressure
decreases reaching a minimum at the same reactor
length of the minimum reaction temperature; then it
increases because the temperature increases achiev-
ing own equilibrium value. The permeation has a
higher weight than the reaction on the hydrogen con-
centration also due to the reduced production rate as
a consequence of the negative effect of the temper-
ature fall on the thermodynamics and kinetics. On
permeation side hydrogen partial pressure increases
monotonically reaching the same value of the hydro-
gen partial pressure on the reaction side at a reactor
length less then 20 cm. Their difference is equal to
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Fig. 4. Conversion degree versus reactor length for TR and annular, tubular and adiabatic MRs. Initial conditions:

pReaction — pPermeation — 100 kPa, I =10, m = 3 and Q¢§5¢ = 200 SCCM.

Py, (kPa)

0.1
Z (cm)

Fig. 5. Hydrogen partial pressures on reaction side for () annu-

lar, (A) tubular, (@) adiabatic and on permeation side for ([J)

annular, (A) tubular, (O) adiabatic MRs. Operating conditions:

PReaclion — PPermealion = 100kPa, I = 10, m = 3 and
Feed

Qcii =200 SCCM.

zero before the thermal equilibrium is reached as it
is possible to see from Fig. 3, where the permeation
temperature is not yet equal to the oven temperature.
Hydrogen partial pressures of a tubular and adiabatic
MRs show about the same maximum value reached
by annular MR on the reaction side. Also on the
permeation side they have the same behaviour until
0.5cm of the reactor length where the difference in
the partial pressures is very little. The system varia-
tion happens in conditions of permeating equilibrium:
the rate determining step is the heat transfer. Hydro-
gen partial pressure profiles of a tubular and adiabatic
MRs follow different paths in the last reactor part.
Outlet hydrogen partial pressure of a tubular MR is
the same of the annular MR (about 20 kPa), whereas
an adiabatic MR reaches a lower value.

Temperature profiles for an MR with sweep factor
of 10 and 100 have similar behaviours (Fig. 6); the
energy requirements are higher for the higher conver-
sion and then the temperature minima are lower due to
a higher conversion. Reaction temperature reaches the
oven temperature at lower reactor length with respect
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Fig. 6. Temperature profiles versus reactor length for
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annular, tubular and adiabatic MRs. Initial conditions:

pReaction — pPermeation — 100 kPa, I =10, m = 3 and Q¢§5¢ = 200 SCCM.

to the case I = 10 due to the reduced heat capacity of
the reaction stream for a higher hydrogen permeation.
The outlet temperature of an adiabatic MR is about
210°C; the minimum values are about 290 and 380°C
for a tubular and an annular MR, respectively. Per-
meation temperature also for the annular MR is quite
constant due to the higher heat capacity of the sweep
stream of the previous case I = 10 about 10 times.
Equilibrium conversion for an MR is an increasing
function of the sweep factor and therefore the highest
level is higher than in the previous case. In particular,
the maximum conversion is closed to the total conver-
sion. Also, the adiabatic level (Bigg) is higher when
compared to the B level for / = 10. Conversion pro-
files (Fig. 7) for both annular and tubular MR, reach
the maximum level (Cjqp) at lower reactor length when
compared with an MR with I = 10: higher sweep
stream removes more hydrogen produced by reaction
and a lower membrane surface is necessary. Also in
this case the tubular MR overcomes the characteristic
reactor length of 20 cm. Conversion level reached by
an MR is much higher than that of a TR (level Cy).

The slope of the conversion profiles increases with
the sweep factor because residence time of the reactant
stream is increased due to a higher amount of hydrogen
removed from reactant stream. In fact, a TR reaches its
maximum level (Cp) at 20 cm of the reactor length; at
the same reactor length an MR with I = 10 achieves
its maximum level (C;g), whereas when I = 100 the
maximum level (Cigg) is reached at 3 cm of reactor
length.

Hydrogen partial pressures show (Fig. 8) the same
profiles of the previous case. However, the equilibrium
level (4kPa) of hydrogen partial pressures is lower
due to the higher flow rate of the sweep gas. Thus
in the first reactor part, the maximum value is higher
than the equilibrium value because the reaction stream
has the same behaviour of the TR before that the per-
meation starts. These profiles were developed at lower
reactor length (compared to / = 10) for the same rea-
son said for the temperature and conversion profiles.

The energy required by reaction is proportional to
the conversion. The overall energy required to achieve
the equilibrium is higher for an MR with respect to
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Fig. 7. Conversion degree versus reactor length for a TR and an annular, tubular and adiabatic MRs. Initial conditions:
pReaction _ pPermeation — 100 kPa, | = 100, m = 3 and Qléﬁj =200 SCCM.
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Fig. 8. Hydrogen partial pressures on reaction side for (ll) annular,
(A) tubular, (@) adiabatic and on permeation side for () annular,
(A) tubular, (O) adiabatic MRs. Operating conditions: PReaction —
premeation — 100 kPa, I = 100, m =3 and Q55! = 200 SCCM.

a TR due to a higher conversion; in particular, it is
proportional to the Cjqo value for a non-adiabatic MR
with I = 10, whereas for I = 100 it is proportional to
Cioo. Profiles of the energy required by the reaction
are reported in Fig. 9. The profile of the annular MR
is higher than the corresponding profile of the tubular
MR in the first part and it reduces to zero at lower re-
actor length. Heat required by reaction is an increasing
function of the sweep factor; therefore the profile for
an annular MR with = 100 is higher when compared
to the corresponding profile for / = 10. However, it
fell to zero at lower reactor length. The tubular MRs
show same behaviour even if the heat required at a
specific reactor length is lower compared to the annu-
lar MRs. However, for a tubular MR a higher reactor
length is necessary to reach the equilibrium conditions.

The relative importance of the different terms,
which contribute to the energy balance of the system,
is reported in Figs. 10 and 11 for annular and tubu-
lar MRs. Percentages of the different terms, on the
right-hand side of Eqgs. (7) and (8), were calculated
as ratios of the absolute value of each term by the
sum of the absolute values. The energy requirement
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Fig. 9. Heat required by reaction (¥) versus reactor length for
annular and tubular MR at two different sweep factor (/ = 10 and
100). Feed conditions: pReaction — pPermeation — 100 kPa, m = 3
and Q¢ = 200 SCCM.

by reaction ¥ is the only term different from zero
at the reactor entrance; other terms are equal to zero
because there is no difference in the temperatures
and there is no hydrogen permeation yet. ¥ is the
only important term in the first part of an annular
MR. Hydrogen production increases with reaction
progress therefore the relative importance of the
terms related to hydrogen permeation and heat ex-
change increase too (Fig. 10). The @ term assumes
the maximum value in the first reactor part, where
the reaction is fast, however, its importance is not
relevant. This maximum is much lower than that the
other terms. The heat exchange between the annulus
and the oven increases and overcomes the value as-
sumed by reaction requirements. Relative importance
of the heat required by reaction decreases following
the profile of the absolute value of the heat required
by reaction (Fig. 10, dashed line). Simultaneously,
relative importance of the heat exchanged between
the annulus and permeation stream (inside the tube)
U, (T Reaction _ pPermeationy jncreqses until it assumes
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Fig. 10. Relative importance of the energy terms for an annular MR. Operating conditions: PReaction — pPermeation — 100 kPa, [ = 100,

m =3 and Q¢ = 200 SCCM.
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Fig. 11. Relative importance of the energy terms for tubular MR. Operating conditions: PReaction — pPermeation _ 100 kPa, I = 100, m = 3

and Q¢ = 200 SCCM.

a value equal to the other term of heat exchange. All
terms in equilibrium condition must be equal to zero,
but the numerical simulations were stopped at the
achievement of these conditions |7'Over — 7Reaction|
0.001 and |7°Oven — pPermeation| ) 001, For this rea-
son all terms are numerically different from zero at
the reported reactor exit, even if their absolute values
are practically reduced to zero.

The term ¥ falls down before 1 cm of the reactor
length in the annular MR, whilst in the tubular MR it
has a lower average (Fig. 11, dashed line) and reduces
to zero at a higher reactor length. Only ¥ is important
in the first part of the tubular MR (Fig. 11). The reac-
tion temperature average is lower than the one for the
annular MR due to worse heat exchange conditions. In
addition, the terms of heat exchange are comparable
with those relative to heat requirement by reaction.
Both terms of heat exchange assume the same impor-
tance because the heat required by permeation stream
is very low, thus about the total heat received (from
the oven) is given to the reaction stream. The heat
exchange between the annuls and the tube is higher

to the energy requirement by reaction; the difference
is necessary to heat the reaction stream. The energy
term associated to the hydrogen permeation has a
minor importance also for this configuration.

Simulations at different oven temperatures show
that in all cases the annular MR has higher efficiency
with respect to the tubular MR (Fig. 12). In fact, an
annular MR reaches the equilibrium conversion before
20 cm of the reactor length for all oven temperatures,
while the tubular MR reaches the same values at a
higher reactor length.

The energy required by reaction increases with the
temperature due to an increase in the equilibrium con-
version. Also, the difference in the behaviour of the
two proposed configurations increases with the tem-
perature due to the difference in the overall heat trans-
fer coefficient between the oven and reaction side. At
the same reactor length, e.g. 20 cm, the difference in
the conversion between the annular and tubular MRs
operating at 600°C is about 0.5 much higher than the
difference (0.3) of the same variable for an MR oper-
ating at 400°C.
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Fig. 12. Methane conversion for annular (solid lines) and tubular
(dashed lines) MRs at several oven temperatures. Operating con-
ditions: pReaction — pPermeation — 100 kPa, / = 10, m = 3 and
OG5 = 200 SCCM.

5. Conclusions

Overall heat transfer coefficient U between the
energy source (the oven) and the reaction volume is
very different for the two proposed configurations. In
particular, an annular MR has a high U value, which
is two orders higher than that of a tubular MR. In
the last case the major resistance is located in the
porous support of the Pd membrane. Thus, the heat
flux is very different between the two configurations
and as a consequence the performances are also very
different. The tubular MR gives the same conversion
of the annular MR only at a higher reactor length,
where the system equilibrium is reached. Conversion
of an annular MR is much higher than conversion
of a TR at any reactor length and also the maximum
level is higher, more than twice for / = 10. Con-
version of a tubular MR is lower than that of a TR
and only at a higher reactor length it overcomes the
equilibrium limit of the TR, achieving the same level
already reached by an annular MR at lower reactor
length.

Temperature profiles for both configurations
decrease in the first part of reactor, reach a minimum

and then increase. If the reactor length is sufficient
long, the outlet temperature of a tubular MR is equal
to the oven temperature. The minimum of the tem-
perature profile is higher and it is present at lower
reactor length for the annular MR due to a higher
U value. A higher U value allows a higher heat flux
and the heat exchange reaches and overcomes the
energy required by reaction at lower reactor length,
even if the heat required by reaction is higher. In
an annular MR there is no rate determining step
and the driving forces for heat transport and reac-
tion plus permeation have a same order importance.
Thus, heat transfer competes with reaction plus per-
meation until to achieve the equilibrium. Catalyst
bed works better and also the membrane has a good
utilisation.

Therefore, an annular MR has a better behaviour
when compared to a tubular MR. In fact, it tends to-
ward the isothermal path that is the optimal behaviour
for an endothermic reaction like MSR. In addition,
advantages in the use of an annular MR increases
with the operating temperature.
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